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ABSTRACT 
Reaction modeling of SMR (Steam Methane Reforming) process inside monolith reactors using two approaches were investigated 
and compared with each other. In the first approach, the reactions were assumed to take place exactly on the wall surfaces, while in 
the second approach they considered inside a thin thickness near the walls. Experiments of SMR were carried out in a lab-scale mo-
nolith reactor. A single-channel was considered and CFD model were developed for each of aforementioned approaches. Compari-
sons between modeling results and experimental data showed that the first approach (surface model) gives better results. Performing 
reactions are difficult and expensive, CFD simulations are considered as numerical experiments in many cases. It was concluded that 
obtained results from CFD analysis gives precise guidelines for further studies on optimization of SMR monolithic reactor perfor-
mance. 
 
Keywords: Hydrogen Production; Monolithic Reactor; CFD; SMR; Surface-model; Volume-model 

1. Introduction 
Hydrogen is one of the cleanest fuels which can be used instead 
of fossil fuels. There are variety of applications for hydrogen in 
industries such as: fuel cells, green cars, metal production and 
fabrication, Petroleum recovery and refinery, chemical processing, 
power generation, etc. The mentioned applications made the 
Hydrogen a strategic product. The most famous process for 
hydrogen production is Steam Reforming of Methane (SMR) 
which converts Methane and other hydrocarbons presented in 
natural gas into Hydrogen in large centralized industrial plants. 
Researchers are being done in order to develop small-scale 
SMR technologies to enable the development of distributed 
hydrogen production and delivery infrastructure [1,2]. There- 
fore due to attaining this goal small-scale SMR technologies 
should be modeled and optimized [3-7]. Monolith catalysts can 
be widely used in many applications particularly for their high 
geometric surface area, low pressure drop and good mechanical 
strength and durability [8]. In addition using monolithic 
reactors have significant advantages such as reduced capital 
cost, smaller footprints and potentially easier transportation [1, 
9-11]. These advantages can be particularly valuable when 
considering the exploration of remote resources such as offshore 
reserves of natural gas[12]. In the present work, hydrogen 
production in a bench-scale SMR monolith reactor was studied. 
Two different approaches were presented in the literature for 
implementing reaction rates in monolith reactor models, namely 
surface approach and volumetric approach. In the first approach, 
the diffusion into the thin catalytic layers (washcoat) in 
modeling of monolithic reactors is neglected and the reactions 
are assumed to take place at the surface of the washcoat. Case 
studies for this approach include steam Methane reforming 

(SMR) [14], steam reforming of methanol [15-17], ethanol steam 
reforming [18] and autothermal reforming of n-hexadecane [19]. 
Hartmann et al. [20,21] studied Hydrogen production by 
catalytic partial oxidation of iso-octane at varying flow rate and 
fuel/oxygen ratio.  

Massing et al. [24] studied the catalytic conversion of 
propene and demonstrated that diffusional limitations within 
the washcoat limit the propene conversion. Stutz and 
Poulikakos [25] considered diffusion and reaction inside the 
washcoat of a monolithic reformer.  

In the present study, the surface and volumetric approaches 
were used to model SMR in a single-channel monolith reactor. 
The obtained results from each model were compared with 
experimental data. 

2. Mathematical Model 
In order to model the problem, five sets of equations should be 
solved; continuity equation, momentum balance, energy and 
species transport equations. 
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where, ρ  represents mixture density, v is velocity vector, µ  
is the mixture viscosity, H and hi are total enthalpy and 
enthalpy of species, respectively and Ci stands for concentration 
of chemical species. P is the static pressure and SR is the heat of 
reaction.  
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Fluent 6.2.16 CFD software was used and an axi-symmetric 
model was employed for each of the two approaches. 

2.1. Approach (I): Surface-based Reaction Rate 

In this model, it was assumed that the reactions take place at the 
reactor walls. This model ignores the effect of washcoat thick- 
ness, porosity and diffusion in pores because of the small 
thickness of washcoat. The reaction rate can be multiplied by 
loading of the catalyst, Fwashcoat, to give the surface based 
reaction rate (si) that is implemented in the CFD code: 

[ ]washcoat 2 2F
. .i i

kgmol kg cat kgmolS r
kgcat s m m s

= × = × =     (4) 

The value of measured Fwashcoat was 0.04kg/m2 .The sur- 
face based catalytic reaction is used as source term in right 
hand of species continuity equation (equation 4).  

2.2. Approach (II): Volume-based Reaction Rate 

In this model, the reactions were assumed to take place in a 
porous zone of catalyst with 0.07mm thickness.  

Diffusive mass flux in the porous zone was calculated using 
the following equation: 

, ,
i

i M eff i i
WJ D X
W

ρ= − ∇               (7) 

Here , ,M effe iD  is the equivalent Fick’s diffusion coefficient 
which includes two terms: ,Knud iD  and ,M iD : 

, , , ,
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            (8) 

,M iD  and ,Knud iD  are mixture diffusion and Knudsen diffu- 
sion coefficients. Also R is the gas constant, ε  porosity, T the 
gas temperature and τ is tortuosity that represents the deviation 
of the washcoat pore length from the ideal cylinder [26,27]. In 
order to describe catalytic reaction rate in kmol/m3.s, the sur-
face exposed to reaction per unit volume of washcoat should be 
calculated: 

( )2 2

surface exposed to reaction 2
washcoat volume

in
washcoat

out in

r hP
h r r
π

π
= =

× × −
 (12) 

Here, rin is inner diameter and rout the outer diameter of  

washcoat and h is the monolith’s height. By multiplying 
washcoatP  by iS  , the reaction rate based on catalyst volume, 
iV  is obtained: 

[ ]
2

2 3 3. .i i washcoat
kmol m kmolV S P
m s m m s

= × = × =        (13) 

This term is used as reaction source in equation (4) for ap- 
proach II.  

2.3. The Kinetic Models Describing the Catalytic  
Reactions 

The reaction rates of SMR on Ni catalyst reported by Froment 
[29,30] are adopted in this study. The species which exist as 
reactant and products in SMR consist of: CO, H2, CO, CO2, 
H2O and CH4. 

3. Results and Discussion 
The predicted distribution of the products and reactants along 
the reactor using approach (I) is given in Figure 1. 

The figure shows exponential changes in the mass fractions 
of reactants and products along the reactor. In addition, almost 
95% of the changes occur at a distance of 9mm from the en- 
trance.  

The contour plots of Hydrogen mole fraction inside the reac- 
tor is given in Figure 2. 
 

 
Figure 1. Distribution of H2, CH4, CO, H2O along the reactor 
(Model- I). 

 

 
Figure 2. Contour of H2 mole fraction (Model- I). 
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Higher concentrations of Hydrogen are observed near the 

reactor walls where it is produced. However, the radial gradient 
of hydrogen concentration is descended along the reactor due to 
convectional and diffusional mass transfer and lower rate of 
Hydrogen production in the frontier regions. Figures 3 and 4 
reveal that the main changes in the concentrations of reactants 
and products occur in the first 9mm of the reactor. The pre-
dicted distribution of the products and reactants along the reac-
tor using approach (II) is given in Figure 8. 

This figure shows that there are considerable changes in the 
concentrations at the reactor output. Radial distribution of 
hydrogen plotted in Figure 9 confirms this point by showing 
that there is still a significant difference between the 
concentrations in the lengths of 25 and 30mm. The product gas 
species from experiments were measured by GC. A comparison 
between experimental and predicted values of Methane 
conversion at different reactor temperatures is given in Figure 
6 . This figure shows that the predicted conversions of approach 
(I) at all the examined temperatures are more accurate than that 
of approach (II). 

It can be explained by the fact that due to low diffusion coef- 
ficient in the washcoat, the species can only diffuse to a limited 
thickness of the washcoat. Therefore, the available volume of 
the porous zone for chemical reactions is smaller than the total 
volume of washcoat. Thus the conversions of the reactions are 
underestimated in this model. In the other hand, by considering 
the fact that the residence time of gas species inside the reactor 
is in the order of milliseconds [10], it can be realized that the 
species don't have enough opportunity to diffuse into the porous 
 

 
Figure 3. H2 mole fraction at 6 locations (Model- I). 

 

 
Figure 4.  ِ◌Distribution of H2, CH4, CO, H2O along the reactor 
(Model- II). 

washcoat. 
The comparison of predicted and experimental values of 

Hydrogen yield (Figure 7) shows similar results and the 
predictions of approach (I) are better than that of approach (II) 
for all examined reactor temperatures.  

The experimental and predicted values of Hydrogen selectiv- 
ity are compared in Table 1. The values in this table show that 
the error values for approach (I) are less than 5%, while for 
approach (II) it is more than 30%. The whole above discussion 
testify that predictions of approach (I) is more accurate than 
that of approach (II). 
 

 
Figure 5. H2 mole fraction at 6 locations (Model- I). 
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Figure 6. Comparison of CH4 conversions between Model-1, Mod-
el-2 and experiments. 
 

 
Figure 7. Comparison of H2 yield between Model-I, Model-II and 
experiments. 
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Table 1. Comparisons between the two models and experimental 
results. 

 Model 1 Model 2 Exp Model 1 
Error (%) 

Model 2 
Error (%) 

H2 selectivity* 
(T=700 ºC) 71.26 51.83 73.78 3.41 29.7 

H2 selectivity 
(T=750 ºC) 75.65 55.37 77.81 2.775 28.8 

H2 selectivity 
(T=800 ºC) 78.1 58.36 79.11 1.27 26.2 

4. Conclusion 
The current study presents two approaches for numerical mod-
eling and implementation of reaction rates in simulation of heat 
and mass transfer in monolithic reactors. The chemical conver-
sion on the Ni-catalyst is modeled using general kinetic models 
for SMR and Water–Gas-Shift (WGS) reaction rates based on 
Langmuir–Hinshelwood type. Monolithic reactor was simu-
lated using mentioned two approaches under steady-state con-
dition. The results of two approaches were compared to cor-
responding experimental data and a comprehensive evaluation 
was carried out. The results showed that the predictions of sur-
face-based approach are more accurate than that of vo-
lume-based approach. The volume-based model underestimates 
the conversion of reactions. Small values of effective diffusion 
coefficient in porous washcoat layer and low residence time are 
the main reasons of discrepancy between volume-based ap-
proach and experiment results. In total, despite of its ease of 
implementation, the first approach (surface reactions) gives 
better results both in generality and accuracy. Also. It was con-
cluded that obtained results from CFD analysis gives precise 
guidelines for further studies on optimization of SMR mono-
lithic reactor performance. 
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